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Abstract

A unit planar, anode-supported solid oxide fuel cell (SOFC) with mixed-conducting 
electrodes is modeled and simulated. Direct internal reforming of methane is included in 
the model. In order to capture all macro and micro processes occurring in the cell, a single 
computational domain with fine mesh in the porous electrodes and the electrolyte 
membrane is created. On this domain the conservation of mass, momentum and species 
and energy coupled chemical and electrochemical processes are solved simultaneously. 
The computational package Star-CD is used together with subroutines developed in-
house. The transport of oxygen ions within the ionically conducting phases of the 
electrodes and through the electrolyte is modeled by a Fickian diffusion processes. 

Both co- and counter-flow configurations are investigated. The reforming and shift 
reactions are assumed to take place everywhere on the anode side, including the fuel 
channel, due to the high operating temperature (700-1000oC). Note that the methane 
reforming reaction is endothermic and catalyzed by nickel particles. For the co-flow 
configuration, simulations with anodes of varying nickel loads are performed. It is found 
that an anode with low nickel load makes the temperature drop near the entrance of the 
cell less severe and thus mitigates thermal stresses in the cell. For the counter-flow case, 
results of chemical species, temperature and current density distribution are presented 
and discussed. For the same conditions as for the co-flow case, a very high peak appears 
on temperature profiles near the fuel entrance. The effects of varying inlet temperatures 
and flow rates are discussed. 
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Introduction

A number of papers have addressed the problem of simulating the working of planar solid
oxide fuel cells. In most of these papers (e.g. [1, 2, 3, 4, 5]) a current density is assumed and
the losses in the cell are then worked out from empirical relations. Also thin electrodes and
electrolytes are assumed in most of the literature. In this paper, we assume a voltage and
work out the current density, using a diffusion process to mimick the effect of the electrical
potential through electrodes and electrolyte of finite thicknesses.

The objective of this paper is to evaluate the performance of a planar solid oxide fuel cell with
direct internal reforming at different flow configurations and fuel/air inlet conditions, using
the above approach. The charge-diffusion model mimicking the effect of the potential in the
cell has been presented elsewhere by the authors [6, 7], but will briefly be reviewed here.
The commercial CFD package Star-CD is used. However, in order to make the simulations
economical in terms of demands on time and computational power resources, only a part of
a unit cell is considered. This part consists of a double gas channel sandwiching a positive
electrode-electrolyte-negative electrode (PEN) structure. A schematic diagram of the model
is shown in Figure 1.

Fuel

Air

ACC

ACL
Electrolyte

CCL
CCC

Figure 1: Schematic diagram of a unit anode-supported SOFC. ACC and CCC: anode and
cathode current collectors, respectively; ACL and CCL: anode and cathode catalyst layers,
respectively

The anode-supported design with co- and counter-flow configurations is investigated. Com-
posites electrodes are used to increase the area of the electrochemically active sites. This
is supposed to give a better performance of SOFCs. The electrolyte is made of the conven-
tional material (YSZ) conducting oxygen ions. The electrodes consist of two layers, which
are the current collector and the catalyst (active) layer where electrochemical processes oc-
cur. A single computational domain is created covering the two gas channels and the PEN
structure. A finite volume-based mesh is generated over the domain.
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Mathematical model

Ideal gas mixtures and incompressible and laminar channel flows are assumed. Following is
the system of governing equations [8]. Einstein summation convention is used. Subscripts i
and j denote Cartesian coordinates and take on the values 1, 2 and 3.

Mass conservation:
∂ερ

∂t
+

∂ρuj

∂xj

= 0 (1)

Momentum equation for the channel flow:

∂ρui

∂t
+

∂

∂xj

(ρujui − τij) = − ∂p

∂xi

+ si (2)

where ε is the porosity, ρ is the gas mixture density, uj is the velocity component in direction
xj, p is the pressure, si is the momentum source components representing the sum of the
body and other external forces (si = 0) and τij is the tress tensor.

In the porous electrodes, the momentum balance of the gas permeation obeying Darcy’s law
and hence replaces Eq. (2):

∂p

∂xi

= −KiUi, (3)

where Ui is the superficial velocity, Ki = αi|U | + βi is the resistance due to the porous
media. The coefficients αi and βi are assumed to have the same values in the three different
orthogonal directions and are taken as [9]:

α =
1.75ρ (1 − ε)

ε3dp

; β =
150μ (1 − ε)2

ε3d2
p

, (4)

which is consistent with the Ergun equation.

The species conservation equation:

∂ερYm

∂t
+

∂

∂xj

(ρujYm + Fm,j) = sm, (5)

where Ym is the mass fraction of species m, sm the rate of mass production/consumption of
species m per unit volume due to chemical and/or electrochemical reactions and Fm,j the
Fickian diffusive mass flux of species defined as:

Fm,j = −ρDm,j
∂Ym

∂xj

(6)

In an isotropic material, the Fickian diffusion coefficient, Dm, has the same value in all direc-
tions and is determined as

1

Dm

=
1

Dml

+
1

DmK

, (7)

where Dml is the ordinary binary diffusion coefficient of species m in l and DmK the Knudsen
diffusion coefficient of species m. These are calculated by:

Dml = 1.858 · 10−7

√
1

Mm

+
1

Ml

T 3/2

pσ2
mlωD

(8)
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DmK =
dp

3

√
8RT

πMm

, (9)

where Mm and Ml are the molecular weights (g mol−1) of species m and l respectively, p is
the total pressure (atm), σml (Å) and ωD are Lennard-Jones parameters which can be found
in common textbooks [9].

In porous media, Dm is modified to take into account the tortuosity, τ and the result is called
the effective diffusion coefficient, Deff

m = (ε/τ)Dm.

The enthalpy equation for a solid or fluid of constant density:

∂

∂t
(ερe) +

∂

∂xj

(ρuje + Fh,j) = τij
∂ui

∂xj

+ sh − sc, (10)

where e = cT − c0T0 is the specific internal energy, sh is the energy source due to e.g.
ohmic resistances and radiation, sc is the chemical energy source accounting for endo- or
exo-thermic chemical and electrochemical processes.

The diffusive thermal flux, Fh,j, is the combination of Fourier’s conduction and the heat
brought by the diffusive mass fluxes, defined as:

Fh,j = −k
∂T

∂xj

+
∑
m

ht,mFm,j, (11)

where k is the thermal conductivity of species mixture/material and ht,m is the specific ther-
mal enthalpy of species m.

Modeling of chemistry and electrochemistry

Modeling of chemistry

The methane reforming and the shift reactions taking place in a solid oxide fuel cell operating
with direct internal reforming are, respectively:

CH4 + H2O = CO + 3H2 (12)

CO + H2O = CO2 + H2 (13)

The heterogeneous reforming reaction (Eq.( 12)) is supposed to occur on the Ni-surface in
the porous anode support, as well as in the three-phase boundary layer where Ni-particles
are also present. The chemical species adsorption to and desorption from the Ni-surface
are crucial processes of the reaction mechanism. The free surface of Ni-particles, therefore,
contributes to the reaction rate [10]. However, since the diameter and thus the specific
surface area of Ni-particles is not available, the reforming reaction rate is given in terms of
Ni load [11]:

Rre = 1.75
( pCH4

101325

)1.2

WNiexp
(−57840

RT

)
, (14)

where Rre is computed in mol m−3 s−1, pCH4 (Pa) is the partial pressure of methane and WNi

(g m−3) is the Ni load.
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The reforming rate in the active layer is assumed to be two orders lower compared to that
in the anode support zone in this study. This is because the free surface of Ni-particles is
reduced by the appearance of the reactants and products of the electrochemical processes.
Moreover, since the operating temperature of the cell is high (700–1000◦C), the homoge-
neous reforming reaction can probably take place in the gas phase, within the fuel channel.
A rate with three orders lower is thus assumed in the fuel channel.

Both products H2 and CO of the reforming reaction are electrochemically active, however, the
oxidation of the former is dominant over that of the later. Therefore, in this study CO is sup-
posed to only take part in the shift reaction, which is kinetically strong and hence assumed to
always be in equilibrium. The shift reaction will run forward in case K > (pCO2pH2)/(pCOpH2O),
where K is the equilibrium constant, producing CO2 and H2 while consuming CO and H2O.
The reaction runs backward in the opposite case.

Modeling of electrochemistry

The reduction of O2 (Eq. (15)) and the oxidation H2 (Eq. (16)) taking place at the cathode
and anode active layers, respectively, are presented as follows:

O2 + 4e− � 2O2− (15)

2H2 + 2O2− � 2H2O + 4e− (16)

The overall cell reaction is:
H2 +

1

2
O2 = H2O (17)

The two half reactions (Eqs. (15) and (16)) can more generally be written:

Red � Ox + ne− (18)

The transfer current is calculated as the difference between the currents due to the forward
and the backward reactions. This can be described by Butler-Volmer equation ([12, 13]):

j = Aaci0

{
exp

(
β

nFη

RT

)
− exp

[
− (1 − β)

nFη

RT

]}
(19)

where j is the transfer current per unit volume of active layer, Aac is the electrochemically
active area per unit volume, i0 is the exchange current density, β is the transfer coefficient
(β = 0.5), n is the number of electrons participating in the electrochemical reaction, which is
2 for the reaction of Eq. (17), F is Faraday’s constant and η is the activation overpotential.
Note that j is positive for anode where H2 oxidation is dominant and negative for cathode
electrode where O2 reduction is dominant.

The activation overpotential is defined as:

η = ΔΦ − Erev (20)

where ΔΦ = Φe − Φi is the electric potential difference between electronic and ionic phases
of composite electrode, and Erev is the reversible potential of electrode given by [14]:

Erev,c =
RT

4F
lnpO2 (21)
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for the cathode with O2 reduction reaction, and

Erev,a =
RT

2F
ln

(
pH2O

KpH2

)
(22)

for the anode with H2 oxidation reaction, where K is the equilibrium constant of the overall
reaction (Eq. (17)). Subscripts a and c stand for anode and cathode active layers, respec-
tively.

With low activation overpotentials, applying the truncated Taylor series ex ≈ 1+x to Eq. (19)
results in the kinetics of the two half charge-transfer reactions:

r = k0|η| (23)

where r = |j|/F is the reaction rate, computed in mol m−3 s−1 and k0 = 2Aaci0/RT is the
rate coefficient.

Incorporating Eqs. (20), (21) and (22) into Eq. (23), we have the reaction rates for O2

reduction reaction at the cathode active layer:

rc = −
[
ΔΦc − RT

4F
lnpO2

]
k0 (24)

and H2 oxidation reaction at the anode active layer:

ra =

[
ΔΦa + E0 − RT

2F
ln

(
pH2O

pH2

)]
k0 (25)

where E0 = (RT/2F )lnK = −ΔG/2F with ΔG is the Gibbs free energy of reaction given by
Eq. (17).

The transfer of oxygen ions across the electrolyte membrane obeys the Nernst-Planck equa-
tion:

i = −DchziF

(
∂Cox

∂x
+ ziCox

F

RT

∂Φ

∂x

)
(26)

where i (C m−2 s−1) is the current density due to the flow of oxygen ions, Cox (mol m−3) is
the oxygen ion concentration, zi = 2 is the oxygen ion valence, F and R are Faradays and
the ideal gas constant, T is the temperature and Φ (V) is the electric potential. The first term
represents Fickian diffusion in the presence of a concentration gradient, and the second
ohmic transport in the presence of an electric potential gradient.

If one assumes that the charge transport is largely ohmic, and Cox is constant, the first term
becomes negligible, and the current density, in terms of Cch = −ziFCox becomes:

i = DchziCch
F

RT

∂Φ

∂x
= Dch

∂ziCch
F

RT
Φ

∂x
(27)

where we have made use of the fact that Cch is constant in the last equation.

Comparing this expression with the Fickian term in Equation (26), which is the first term on
the right-hand-side, we see that if we define an “effective concentration”, Ceq

ch:

Ceq
ch ≡ ziCch

F

RT
Φ (28)

and then use Fickian diffusion to model a field-driven charge transport in the electrolyte.
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We thus see that both for purely diffusional and purely field-driven charge transport in a
membrane, a Fickian functional form can be used to model the transport, and this is the way
we model the charge transport through the electrolyte in this work.

In fact, in this paper we do not yet attempt to use the physical diffusion coefficient, rather we
fit Dch to obtain physically realistic results. This makes us free to convert potential over the
electrolyte to an equivalent charge concentration by just using a unit conversion coefficient,
f , while incorporating the other constants in the fitted value of Dch. We then obtain:

dCeq
ch = dΦ

(
dCeq

ch

dΦ

)
= dΦf (29)

where f takes on the value -1 if Cch is in Fmol m−3, and -96487 if Cch is in C m−3.

Using Eq. (29), Ohm’s law can be rewritten to:

i = −λ
∂Φ

∂x
= −λ

f

∂Ceq
ch

∂x
= Dch

∂Ceq
ch

∂x
(30)

which has the form of Fick’s first law with i the flux of charge in C m−2 s−1 and Dch = −λ/f ,
where λ is the electrical conductivity of the electrolyte material, a “diffusion coefficient” for
charges.

The generation of oxygen ions at the cathode, their transfer through the electrolyte and
their removal due to the electrochemical reaction at the anode are processes in series. A
decrease e.g. in the rate of the electrode reactions will cause a reduction of the transfer rate
through the electrolyte, which means that there will be a decrease in the field there. Our
diffusion process correctly reflects this, at least qualitatively.

Knowing

• the potential drop over the electrolyte (converting Ceq
ch back to potential)

• the potential difference between the electrodes (which we fix, see below), and

• that the rates of production and consumption of oxygen ions at the cathode and anode,
respectively, must be equal

-makes it possible to calculate the electrode potentials for cathode and anode, ΔΦc and ΔΦa,
for use in Eqs. (24) and (25) to find the electrochemical reaction rates.

To do this we repeat the the following iterative procedure until the profiles for Ceq
ch have con-

verged:

• Assume initial profiles for Ceq
ch, giving ΔΦc and ΔΦa,

• compute the rates of electrochemical reactions from Eqs. (24) and (25),

• obtain new profiles for Ceq
ch.

The cell voltage is defined by the electric potential difference between cathode and anode
current collectors [10, 15, 16, 17], which we assume to be constants due to large electrical
conductivity of the materials. Additionally, and for simplicity, we fix the concentration of
electrons as constant in the active layers. The electric potentials of the electronic phase
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therefore become uniform throughout the electrodes. As a consequence, the cell voltage
can be calculated by:

Ecell = Φe,c − Φe,a (31)

where Φe,c and Φe,a are the potentials in the anode and cathode active layers, respectively,
which are prescribed the values of Φe,c = 1.7 V and Φe,a = 1.0 V, for instance, for an operating
cell voltage of 0.7 V.

Results and discussion

The computational mesh is presented in Figure 2. Along the x-direction, the mesh consists
of 200 even elements. Along the y-direction, it consists of 26 elements (8 in the channels, 4
in the electrolyte, 4 in the cathode and 10 in the anode). Note that they are evenly divided in
each sub-domain. Along the z-direction, the mesh consists of only one element. Therefore
the simulations can be considered two-dimensional in this study. The mesh of 5200 elements
is supposed to be fine enough to capture all the transport, chemical and electrochemical
processes occurring in the cell. The cell component dimensions can be found in Table 1.

Fuel channel

Anode support

Air channel
Electrolyte
ACL

CCC
CCL

y

z

x

Figure 2: Computational mesh

Table 1: Dimensions of cell components

Parameters Value Units

Cell width/length 1/100 mm
Air/Fuel channel height 1/0.6 mm
Anode active layer/current collector thickness 30/0.6 μm/mm
Cathode active layer/current collector thickness 25/25 μm
Electrolyte thickness 20 μm
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Table 2: Physical properties of cell components

Parameters Value Units

Thermal conductivity, k
Anode/Cathode/Electrolyte 4/4/10 W m−1 K−1

Electron diffusion coefficient, Dch

Anode/Cathode 0.311/0.133 m2 s−1

Oxygen charge diffusion coefficient, Dch

Electrolyte 0.881exp (−11000/T ) m2 s−1

Anode/Cathode active layer 0.308exp (−11000/T ) m2 s−1

Anode/Cathode porosity, ε 0.4/0.3
Anode/Cathode tortuosity, τ 1.6/1.6
Anode/Cathode pore diameter, dp 2/1 μm
Anode active layer density (Ni 50%wt.) 4300 kg m−3

Co-flow configuration

Results for chemical species and temperature distribution are presented in Figure 3. Model
parameters and boundary and operating conditions can be found in Tables 2 and 3, respec-
tively. As can be seen from Figure 3a which represented the chemical species in the fuel
channel, in coming CH4 is quickly reacted away, giving rise the content of H2, which is then
consumed by the electrochemistry. In this case the fuel utilization is 66.7%. However, the
strongly endothermic reforming of methane consumes heat and hence reduces the tempera-
ture especially near the inlets (Figure 3b), causing high thermal stress in the cell. This effect
can be mitigated by using extra air flow rate. However, the kinetics of the reforming reaction
may probably have a contribution to this effect. This is discussed in the next section.
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Figure 3: Evolution of chemical species (a) and temperature (b) along the cell length - the
co-flow case [7]
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Effect of Ni load

Simulations with anode of different contents of nickel are performed. All parameters are
kept the same as for the case above except the Ni-load. Results of methane conversion
are presented and compared in Figure 4. The higher the nickel content is, the faster the
methane is consumed. This effect can also be seen via the temperature and current density
distribution demonstrated in Figure 5. With lower content of Ni (40% wt.) in the anode, the
effect of sub-cooling is mitigated, and hence reducing the thermal stress. Additionally, in
terms of cell performance, the average current density slightly increases with decreasing
nickel load. It is 0.502, 0.505 and 0.509 A cm−2 corresponding to the anode of 60, 50 and
40% Ni.
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Figure 4: The conversion of methane at different Ni-loads along the fuel channel
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Figure 5: Distribution of temperature (a) and current density (b) at different Ni-loads along
the cell length
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Table 3: Boundary and operating conditions

Parameters Value and units

Fuel inlet velocity/Temperature 0.3 m s−1/1073 K
Fuel compositions H2O 46.3%, H2 30%,

CH4 10%, CO 5%, CO2 8.7%
Air inlet velocity/Temperature 2.93 m s−1/1073 K
Air compositions O2 21%, N2 79%
Walls no-slip, adiabatic
Cell voltage 0.7 V
Rate coefficient, k0 1.995 · 106exp (−50000/RT )

Counter-flow configuration

The direction of air flow is now turned to the opposite direction. All parameters used for the
counter-flow configuration are kept the same as for the co-flow case. These can be found in
Tables 1, 2 and 3. Results for chemical species distribution in the fuel channel are presented
in Figure 6. Compared to the co-flow case with the same working conditions, methane in the
counter-flow case is reacted away faster, within 10% instead of around 20% of the channel
length. The fuel utilization for this is as high as 86%. Results for temperature and current
density distribution are demonstrated in Figure 7.
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Figure 6: Evolution of chemical species in the fuel channel - the counter-flow case

As can be seen from Figure 7a, a very high peak of temperature appears near the entrance
of the fuel channel, causing a high thermal stress in the cell. This is probably because the
temperature at the two ends of the cell is fixed. The heat generated by the electrochemical
processes is carried by the air flow with high velocity (convection), creating a high tem-
perature zone downstream of the air flow. The current density curve along the cell length
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Figure 7: Distribution of temperature (a) and current density (b) along the cell length - the
counter-flow case

(Figure 7b) has a similar trend with the temperature, with a high peak near the fuel entrance.
However, it rapidly decreases along the fuel channel as long as H2 is consumed.
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Figure 8: Membrane temperature along the cell length at different air inlet temperatures

Figure 8 shows the temperature of the electrolyte membrane with different inlet temperatures
of the air flow. It is seen that a lower inlet temperature of the air flow can reduce the extremely
rise of temperature and hence lessen the overall thermal stress in the cell. Moreover, the
use of extra air flow rate may probably be a choice to mitigate the thermal stress and give
a more uniformly distributed current density in the cell. This is true for SOFCs with co-flow
configuration. Results for temperature and current density distribution along the cell length
at different air inlet velocities are presented in Figure 9.
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Figure 9: Distribution of the membrane temperature (a) and current density (b) along the cell
length at different air inlet velocities - Air inlet at 1023 K

Conclusions

A planar anode-supported solid oxide fuel cell with co- and counter-flow configurations has
been investigated. Direct internal methane reforming was included. In the paper, the charge
diffusion-based model was applied and implemented in the commercial CFD package Star-
CD. It is found that with the co-flow configuration, nickel load on the composite anode can
contribute to the sub-cooling effect near the fuel/air inlet. A low nickel load gives a less
severe sub-cooling, and hence a better performance of the cell.

However, in the counter-flow case at otherwise the same working conditions as for co-flow,
an extremely high temperature appears near the fuel entrance, resulting in severe thermal
stresses both locally and overall. Nevertheless, lowering the inlet temperature of the air flow
and/or using an extra air flow rate can reduce the thermal stresses. A current density which
is more uniformly distributed along the cell length can therefore be obtained.
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